3. Design of CSTRs | v Lo
o Single CSTR 1 —
- Design equation F, X et

(_rA)exit ) T'
- Substitute F,, = viCag v _ V,C po X
—_ rA
- Space time t CroX
T =—=
Vo —Ia
-1%orderxnassume  Coo X _1( X j
-r, kll1-X
. K
- Rearranging X =
1+ Tk
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3. Design of CSTRs I

o Single CSTR 2
- Ca=Cpo(l1-X) C C Ao

A=

+(tk
- Damkohler number = dimensionless number
e quick estimate of the degree on conversion

—r,vY  Rateof rxnatentrance
Fro Entering flow rate of A

Da =

A rxnrate

~ A convectionrate
Characterstic fluid time

 Charateristic chemicalreaction ime



3. Design of CSTRs I

o Single CSTR 3

- Damkohler number for a 1st order irrev. rxn
Da — A\ _ KCL.V _ ok
|:AO VOCAO
- Damkohler number for a 2"9 order irrev. rxn

. 2
Da — NaV _ KCL .V — kC,,

I:AO VOCAO
- Rule of thumb

eif Da<0.1, then X<0.1
e if Da > 10, then X >0.9
= 1St order rxn, X = Da/(1 + Da)

Apr/04 METU-NCC



3. Design of CSTRs IV

o CSTRin series 1 -
- 1st order irrev. rxn with no change in volumetric flow
rate, effluent of the first reactor C - C.o
Al l
+1,K,
- For 2" reactor v, _ Foy— Fo  Vo(Ca—Cu)
, = —
— a5 k? CA?
- Solving for Cy, C,, = Cas — Cao
1+ t,k, (1+1,k )1+ 1k)
-Forn CSTRs In series ~ _ C o _ C o
M@l +7k)" (1 +Da)”
-ntank in series |y _, 1 1 1

Apr/04 - (1-|— ’Ck)n T (1+ Da)” 4




3. Design of CSTRs V

o CSTR In series 2

O Daztk=l.o-o-grglemiedes
ﬂﬂ' #p*
i ". -
0] Ibal' ;JDE. = = 0.5
= | § 8 =2
- i @ i ‘E
= i r + ey
L | Ly
E 'ﬂ . .
| s e
G pap £ - Da =1k =0.1
' Ij 4
I - C
0.2 ad ’r" _r _k . A0
Tl @ An — An — 1+ k)"
T g ( + T )
:'| AR SR DA T N S U N SR R
o 1 2 3 4 3 & 7 B2 3 O 0N &2 B

Mumber of tanks, 0
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3. Design of CSTRs VI

o CSTR in parallel 1
- One large reactor of volume V

o 2"d order reactor in a CSTR
V — Fro X _ Fao X _ V,C Lo X
M kCﬁ kCﬁo(l— X)?

Vo ) kCAO(l_ X)Z

- Dividing by v, __ V X

- For conversion X  (1+2Da) -1+ 4Da Ex 4-2,

2Da p 163

X




4. Tubular Reactors |

o Design equation

- Differential form dX
+ Qor AP Fao gy = '
- Integral form
; V = FAOde—X
e no Q or AP 0 —r,
o 2"d order reactor in a PFR 1
x dX
V =Fy, kcE

Plug flow—no radial variations in velocity,
concentration, temperature, or reaction raie

Reoactants —w =2 Products




4. Tubular Reactors 11

o 2"d order reactor in a PFR 2
- Liquid phase reaction (v =V,)

* combining MB & rate law dX kC}
I:AO

e conc. of A, C,=C,,(1-X)
e combining & integrating

V:FAO_[V dx :v(,(Xj
KC2 % (1—-X)?  kC, \1-X

e solving for X

X

~ 1kC,,  Da,
1+tkC,, 1+Da,




4. Tubular Reactors |11

o 2"d order reactor in a PFR 3
- Gas phase reaction (T =T, P=P,)

econc.of A, c _C 1-X
.. A Pl1+eX
e combining

V - F J‘ (1+eX)
Mo KCy (1 X)?
j(1+8X)

kC2 (1- X)?

V=

{28(1 re)in(l— X)+ e X + (11+_‘°’);X}

A0



4. Tubular Reactors IV

o 2"d order reactor in a PFR 4
- Conversion as a function of distance down the

reactor

Converslan, X

1.0

0.9

0.1

g 1.0 20 3.0 4.0 50 60 7.0 50 9.0 100 110 120 13.0 14.0

WV {md)



4. Tubular Reactors V

o 2"d order reactor in aPFR 5
- Three types of reactions
e£=0(06=0) =Vv=y,
e£<0(6<0)

= gas molecule spends
longer time
= higher conv. 2
ec>0(0>0)
= gas molecule spends
shorter time
= |ower conv., p 171 Ex 4-3

Apr/04 METU-NCC
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4. Tubular Reactors VI

o 2"d order reactor in a PFR 6
- Production of ethylene using PFR

Concentration (Ib mot/ft3)

0.00G4 “l Conversicn ~ 0.8
i

0.6035 ~ E - 0.7

i

%
0.003 - R\ - 0.5
0.0025 - \\\ L 0.5
0.002 - a— Hydrogen, Cr g4

/ Zthylene, Oy
0.0015 ~ — 0.3
0.601 - = 0.2
0.0005 Ethane, C; 0.1
0 0
0 5 10 15 20 25 30 35 40 45 50

Distance down the reactor z {ft)

sonversion



5. Pressure Drop In Reactors |

o Pressure Drop and the Rate Law
- In PBR in terms of catalyst weight

dX , gram moles
Fao o =—Ta '
dw gram catalyst- min
. raté eo-|uat|on, —r, =kC?
e stoichiometry c _Chu@-X)PT,
A 1+eX PT
e ijsothermal — 2 2
Fro X _ g Saoll=X) P[P
dw 1+¢eX P,

2 2
d_X:kCAo{(l—X)} (3) X _Ex. Py
dW v, [1+eX | P dw



5. Pressure Drop in Reactors I

o Flow through a Packed Bed 1

- Ergun equation — —
P __ G (1 ~ ¢J{ﬁ50(1— P, (1,756
dz P chp ¢ L Dp Dominant| for turbulent flow

where P = pressure Dominant for laminar flow
¢ = porosity = void fraction
d. = conversion factor relating gravity
D, = diameter of particle in the bed
n = viscosity of gas passing through the bed
z = length down the packed bed of pipe
u = superficial velocity
p = gas density
G = pu =superficial mass velocity

Apr/04 METU-NCC 14



5. Pressure Drop in Reactors I

o Flow through a Packed Bed 2
- Pressure drop in packed bed 1

d_P__B P(T )| K
dz " P Ty ) Fro

dP P(T
= B9 — | (1+¢X
dz BOP[TOJ(+8)

5, = S1=9) {150(1— ¢) . 1.756}
pO gc DP ¢ P

where B,is a constant depending on the properties

of the packed bed and the entrance conditions
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5. Pressure Drop in Reactors IV

o Flow through a Packed Bed 3
- Pressure drop in packed bed 2

* interested in more in catalyst weight rather than the
distance z

W — (1-(P)ACZ X P

Weight of Volume of rDensityof\

X
catalyst solids  solid catalyst
 catalyst weight, W = zA p, = ZA.(1-9)p,

dP _ B PO(TJFT
W A@-o)p. PT,) Fry




5. Pressure Drop In Reactors V

o Flow through a Packed Bed 4
- Pressure drop in packed bed 3

T
dw A L-o0)p. P\T, ) Fy
°|eta 28,

Ap.(1-0)R,

ethen dP o F, (/3) a 1 TF

aw 2 (p TF 2F>)TO|:TO
M’J i e

oy __@dl 5
dW 2yT, F, wherey=P/P,




5. Pressure Drop in Reactors Vi

o Flow through a Packed Bed 5
- Pressure drop in packed bed 4

e for single reactions ﬂz—gil(l+8)()
dw 2 yT,

e isothermal operation . ;
W %2 14ex)
dW 2y

e notice that

X _fx,Pyand 22— £(X,Pyor- I £(x,P)
dw dw dw
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5. Pressure Drop In Reactors VII

o Flow through a Packed Bed 6

- Pressure drop in packed bed 5 — effect of P drop
{c)

{al

e=0
= Py (1 —awW)li2
P Ca

z

" K0P
G, = Cagll X
No AP

AP

(5)

o Al

AP

W

1.0

(&} AF

/ Mo AF

P 187

Ex 4-5




5. Pressure Drop in Reactors VII|I

o Flow through a Packed Bed 7
- Finding optimum particle diameter

Wrommmmmmmmmmmammmmnomeooe - internal diffusion
Prassure drop nside catalyst
daminates dominaies

X \
3
: A}
k4
DF‘DDlimum D ]



6. Synthesizing for Design of a Chemical Plant |

Ha, CoH,

O] _ ke %0»7

I:IE-. EEH.. II"F2| C:H,ID I||Ir - 31

Separator

—& 7 5 Tk
Ve 7 3
Separato
H.O GHO
—_— I 4
}
. /:/" :..:....__
%’f | Absorber CzH,Olag) 200 mition b,
i EG/year
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6. Synthesizing for Design of a Chemical Plant |1

o Manufacturing of ethylene glycol

- Economy
Profit = " EG cost " Ethane cost
- ~ SA cost - | Operating
cost
= $76,000,000 - $16,000,000 - $54,000 - $8,000,000

= $52 million
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